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A vertically aligned fixed-bed reactor system with a cascade of three sequential catalyst beds has been used to incorpo-
rate Fischer–Tropsch synthesis (FTS) in the first bed, oligomerization (O) in the second bed, and hydrocracking/isomeri-
zation (HC or C) in the third bed (FTOC). Compared to gas phase FTS (GP-FT) alone, gas phase FTS with the
subsequent upgrading beds (GP-FTOC) is demonstrated to result in a reduction in the olefin selectivity, a reduction in
the C261 selectivity, and a marked enhancement in the production of branched paraffins and aromatics. Utilization of
supercritical hexane as the reaction medium in supercritical FTS (SC-FT) and supercritical phase FTOC (SC-FTOC)
resulted in a significant reduction in both CH4 selectivity and CO2 selectivity. Interestingly, significant amounts of alde-
hydes and cyclo-paraffins were collected in SC-FT and in SC-FTOC, respectively, while not being observed in tradi-
tional gas phase operation (both GP-FT and GP-FTOC). VC 2014 American Institute of Chemical Engineers AIChE J,

60: 2573–2583, 2014
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Introduction

There has been a great deal of contemporary interest in
the utilization of a variety of carbonaceous feedstocks to
produce readily usable transportation fuels via synthesis gas
(syngas, a mixture of H2 and CO).1–7 Specifically, Fischer–
Tropsch synthesis (FTS) can be used to convert syngas into
hydrocarbon products and oxygenated hydrocarbons.7–11 FTS
is a surface-catalyzed polymerization process that converts in
situ generated C1 species monomers into hydrocarbons with
a broad range of carbon chain lengths and functional-
ities.2,3,12–15 With appropriate separation, upgrading and
hydro-processing, these products can be further converted
into high-quality fuels and value-added chemicals.2,16–22

Compared to crude-oil-derived transportation fuels, FT-
derived fuels have distinct features including the absence of
sulfur and nitrogen, low aromatic concentration, and so
forth.23,24 FTS with conventional supported metal catalysts
yields a wide spectrum of hydrocarbons since the product
distribution is considered to be governed by the Anderson–
Schulz–Flory (ASF) polymerization kinetics, which imposes
a limitation on the maximum selectivity for a given hydro-
carbon product. To improve the selectivity of the FTS pro-
cess toward middle distillate range products (C8AC22),
additional upgrading reactions are required. A significant
number of studies have focused on two major topics related

to improving selectivities toward the middle distillates: (1)

modification of the reaction catalysts through the use of bi-/
multifunctional catalysts25–28 and (2) modification of the reac-

tion system by adding further upgrading processes downstream

of FTS.25,29,30 The studies involving catalyst modifications pri-
marily use hybrid catalyst systems, an FTS catalyst (the cata-

lyst support may or may not be modified) and an acid catalyst

with/without noble metal doping.24–27,31–39 Investigations
involving upgrading FTS by modification of the reaction sys-

tem typically make use of a dual bed reactor system that

includes the integration of an FTS wax hydrocracking stage in

the second bed.25,29–31

There have been few investigations that have incorporated
oligomerization into the FTS process since most of the studies
involving modification of the FTS products are focused primar-
ily on the conversion of heavy hydrocarbons into the middle
distillate range. However, implementation of oligomerization
into the FTS process could potentially allow the conversion of
light olefins into longer fuel range hydrocarbons.17,40,41

Improvement of the selectivity of the process toward mid-
dle distillate hydrocarbons requires that additional upgrading
reactions be included. This study addresses this need through
the implementation of a three-bed reactor system (consisting
of three sequential fixed-bed reactors) in order to promote
the direct production of middle distillate range hydrocarbons
from syngas in a single pass arrangement. FTS is performed
in the first catalyst bed, thereby generating a range of hydro-
carbons of different carbon chain length and functionality
(i.e., paraffins, olefins, and oxygenates). The second bed is
used for oligomerization to convert light olefins into gasoline
and diesel range products (to promote branching and to
enhance octane rating and cold-flow properties or
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aromatization to enhance density). The third bed is used for
cracking and isomerization reactions to convert the heavy prod-
uct into the middle distillate range and to increase branching.

To achieve the optimum performance within each catalyst
bed, this three-bed reactor was arranged consecutively so
that the operation parameters of each reactor can be adjusted
and maintained individually. A precipitated iron-based FTS
catalyst was used in the first FTS bed. Iron-based FTS cata-
lysts offer lower hydrogenation activity than cobalt-based
FTS catalysts, which therefore results in higher olefin selec-
tivity in low-temperature FTS.3 Therefore, using a low-cost
precipitated iron-based low-temperature FTS catalyst can
provide a more desirable feed (due to higher olefin content)
when an oligomerization step is implemented sequentially
downstream of the FTS step.

In the second bed, light olefins can be oligomerized into the
gasoline (C5AC12) and diesel (C12AC22) range fractions so as
to increase the middle distillates selectivity in a single pass.
Amorphous silica alumina (ASA) has been less studied, com-
pared to solid phosphoric acid (SPA) and ZSM-5, and has
been proposed by de Klerk to offer promising oligomerization
performance.40 Oligomerization using ASA leads to higher
distillate density and product viscosity compared to SPA and
ZSM-5, while de Klerk showed that the presence of low levels
of oxygenates did not significantly affect productivity.40,41

Given the promise that ASA offers as an oligomerization cata-
lyst, ASA was chosen to initiate these oligomerization investi-
gations in the second bed of this sequential reactor system.

The third bed of this sequential reactor system is intended
to convert long chain FTS hydrocarbons into middle distil-
late range products through catalytic hydrocracking and
isomerization. Common hydrocracking catalysts include Pd-
and Pt-based solid acid catalysts.42–44 It should be noted that
there is an inherent competition between hydrogenation–
dehydrogenation reactions and the cracking reaction in this
system. Since Pd exhibits a weaker hydrogenation–dehydro-
genation activity compared to Pt,45 it can offer a higher
cracking activity than Pt.39 Additionally, Liu et al. reported
that Pd-based catalysts showed better catalytic performance
maintenance than Pt-based catalysts.30 As such, Pd has been
chosen over Pt as the active metal in initiating these investi-
gations. ASA has been selected as the support material in
the following hydrocracking/isomerization investigations due
to its high hydroisomerization performance.39,40,46 Pd-loaded
ASA (1.0 wt % prepared by wetness impregnation method)
has been selected as the catalyst in the third reactor bed in
order to investigate the subsequent hydrocracking/isomeriza-
tion step. The hydrocracking and isomerization bed with Pd/
ASA catalyst is intentionally placed last in this sequence of
reaction steps. The Pd/ASA is also a functional hydrogena-
tion and hydroconversion catalyst, and as such, this catalyst
can convert olefins into their hydrogen-saturated state (i.e.,
paraffin). Therefore, if this hydrocracking and isomerization
step was placed before the oligomerization bed, no potential
oligomerization would occur because of the feed having
been already hydrogenated.

There have been a very large number of research studies
that have utilized supercritical fluids (SCF) in reactions,2,47–49

extraction50 and material processing studies,51 to name a few.
Compared to traditional FTS, the advantages of FTS under
supercritical phase conditions (SC-FT) using a SCF as the
reaction medium have been studied and reported by several
researchers.2,13–15,25,52–62 There are several advantages to the
utilization of supercritical solvents in FTS, including:

1. The elimination of interphase transport limitations can
lead to enhanced reactivity toward the desired
products63;

2. The heavy hydrocarbons can be extracted in situ from
the catalyst surface resulting from the high solubility in
the supercritical phase2,55,63,64;

3. The desorption of primary products can be enhanced
prior to being converted through secondary reactions,
as an example a higher a-olefin selectivity is observed
in SC-FT compared to gas phase FTS15,55,58,60;

4. Supercritical solvents can provide superior heat transfer
compared to gas phase FTS (FTS is highly exothermic
in nature).15,55,64

It has been consistently shown that the presence of the
supercritical solvent can afford the opportunity to suppress
methane formation15,55,65–67 in SC-FT due to suppression of
the methanation reaction as a result of improved thermal
management in the supercritical solvent.15,58,68 Suppressed
CO2 selectivity was reported in SC-FT by Davis’ group55

and Roberts’ group14 using a cobalt-based FT catalyst and
an iron-based FTS catalyst, respectively. In SC-FT, olefin
selectivity at the lower carbon numbers has been reported to
decrease58,69 or was not affected,15 while olefin selectivity at
the higher carbon numbers showed an increasing
trend.55,60,69,70 In this study, supercritical hexanes (a mixture
of hexane isomers) has been utilized as a reaction medium
in order to provide better heat management, improved prod-
uct solubility in the bulk reaction media, and enhanced cata-
lyst maintenance.

This article examines the effect of integrated upgrading
reactions on primary FTS products in a three-bed reactor
system, which allows FTS, oligomerization, and cracking/
isomerization stages to occur sequentially. This study com-
pares the performance of this multibed reactor system under
both gas phase and supercritical phase operation.

Experimental

The precipitated iron-based catalyst is synthesized as fol-
lows: deionized ultrafiltered (DIUF) water (Fischer W2-4)
was used to dissolve iron nitrate nonahydrate Fe
(NO3)3�9H2O (Sigma-Aldrich 216828-500G, CAS# 77-61-8)
and zinc nitrate hexahydrate Zn(NO3)2�6H2O (Sigma-Aldrich
228737-100G, CAS# 13778-30-8) to make a 1M solution
and 0.1M solution, respectively. The reducing agent used
was a saturated ammonium carbonate (NH4)2CO3 (Sigma-
Aldrich 207861-100G, CAS# 506-87-6) solution. The mix-
ture of iron nitrate solution and zinc nitrate solution was
added continuously at a rate of approximately 2 mL/min into
30 mL DIUF water with agitation (1000 rotations per min).
The temperature was held constant by a water bath at 80�C
(62�C). The pH value was maintained around 7.0 (60.5,
measured by a Denver Instrument UB-10 pH meter) by the
manual addition of saturated ammonium carbonate solution.
When the total volume of precipitate and solution was
around 1 L, reagents addition was stopped and the solution
temperature was maintained at 80�C (62�C) with continuous
stirring to age the precipitate for 1 h. After aging, the solu-
tion and precipitate was allowed to cool to near room tem-
perature. Then, vacuum filtration was applied to the slurry,
and the filtered cake was reslurried in DIUF water and
stirred to dissolve leftover ions into the water, and then the
slurry was vacuum filtered again. This “precipitate washing”
process was repeated three times. The filter cake was then
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manually broken up using a glass rod in an evaporation dish
and dried overnight at 80�C. The dried precipitate was
calcined (3 g per batch) in a tube furnace with flowing air
(15–20 mL/min) at atmospheric pressure. The furnace tem-
perature was programmed to ramp at 5�C/min from room
temperature to 400�C. It was held for 4 h at 400�C, and then
cooled to room temperature (RT) at 5�C/min. The pore vol-
ume of the precursor was measured by addition of DIUF
water until it appeared pasty (while measuring the added
mass of water). Knowing the water density at the room tem-
perature, the total volume of added water and the pore vol-
ume can be determined. The paste was then dried at 80�C.
The incipient wetness method was used for copper promo-
tion and potassium promotion. The copper promotion was
done by addition of copper nitrate trihydrate Cu
(NO3)2�3H2O (Sigma-Aldrich 223395-100G, CAS# 3251-23-
8) solution. The solution was prepared based on the total
pore volume of a certain amount of the aforementioned cata-
lyst and a ratio of 0.01 mol Cu per 1 mol Fe. After the addi-
tion of this solution by agitation with a stir rod, the catalyst
was then dried and calcined as described above. Similarly,
based on the total pore volume of a certain amount of the
aforementioned catalyst and a molar ratio of 0.02 mol K per
1 mol Fe, the potassium carbonate (Sigma-Aldrich 209619-
100G, CAS# 584-08-7) solution with a proper concentration
was prepared. After the copper promotion, potassium was
loaded on the catalyst by adding the potassium solution,
where the mixture was stirred by a glass rod, and the solu-
tion was then dried and calcined following the same proce-
dures as described above. The ASA was obtained from
Sigma-Aldrich (343358-1KG, grade 135) and the 1 wt% Pd/
ASA catalysts was prepared by the wetness impregnation

method. The palladium doping was done by addition of pal-
ladium nitrate dihydrate Pd(NO3)2�2H2O (Sigma-Aldrich
Fluka 76070-1g, CAS# 10102-05-3) solution (0.1 g Pd in 30
mL solution). After addition of this solution to ASA on a
mass ratio of 1 g Pd per 99 g ASA at an agitation rate of
200 rpm, the catalyst was aged at room temperature for 24
h. The catalyst was then dried at 100�C for 12 h under air
flow. Subsequently, the catalyst was calcined at 500�C for 5
h. The oven temperature was programmed to ramp at 5�C/
min to 500�C and held for 5 h, then the oven was cooled to
room temperature at 5�C/min.

The three-bed reactor system has been designed to allow
the beds to operate at different temperatures so as to opti-
mize each reaction stage, although, isobaric operation is
required. A diagram of the three-bed reactor system for FTS
with product upgrading under the supercritical phase condi-
tions is shown in Figure 1.

Helium gas (Airgas, ultra high purity) was used during the
system pressure test, reaction startup and shut down. Syngas
(Airgas, vol%: N2: CO: H2 5 1.5: 36.5: 62) was fed into the
reaction system by a mass flow controller. In the case of
supercritical phase operation, hexanes (Fischer, HPLC grade,
CAS# 110-54-3) were used as the SCF reaction media and
were delivered into the reaction system using an HPLC
pump at a flow rate of 1 mL/min. The syngas and hexanes
were mixed in a static mixer and the mixture was initially
heated in the preheating zone. The reactant (and the SCF
media in the case of supercritical phase operation) entered
the top of the tubular fixed-bed reactor and then was passed
through each reaction bed sequentially. The reactor effluent
was passed through heated tubing to the back pressure regu-
lator (BPR, Straval Valves, model BPH0502T) which was

Figure 1. Schematic diagram of the three-bed catalytic reactor system for FTS with subsequent oligomerization
and hydrocracking/isomerization stages.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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used to control the system pressure. The effluent was then
passed through heated tubing to a cold trap. The cold trap
was cooled by an ice–water mixture. The condensable prod-
ucts were accumulated in the cold trap and were manually
collected and tested periodically by injecting them into a gas
chromatograph with a flame ionization detector (GC-FID,
Varian GC 3300 with a DB-5 capillary column) and a GC-
MS (Waters). The uncondensable gas mixture (syngas resi-
due and light products) left the cold trap and was passed
through a 10-port injection valve for periodic injection into a
gas chromatograph with a thermal conductivity detector
(GC-TCD, SRI MultiGas Analyzer #1). The gases were then
passed through a bubble meter, which allowed for the mea-
surement of the real-time gas effluent volumetric flow rates.
The gas effluent was then vented into the fume hood.

Figure 2 shows the catalyst loading for each bed during
each different operation. The experiments were performed in
four modes of operation: gas phase FTS (GP-FT), supercriti-
cal phase FTS (SC-FT), gas phase FTS with product upgrad-
ing (GP-FTOC), and supercritical phase FTS with product
upgrading (SC-FTOC). One gram of precipitated Fe/Zn/K/Cu
(molar ratio, Fe:Zn:Cu:K 5 1:0.1:0.01:0.02) FTS catalyst in
the first FTS bed, 1 g of ASA (Sigma-Aldrich, 343358-1KG)
catalyst in the second bed, and 1 g of Pd/ASA (1.0 wt %)
hydrocracking/isomerization catalyst in the third bed were

used for the corresponding experiments. Before the reactions
were conducted, a catalyst reduction step was performed
using a H2 flow of 50 SCCM at the desired reduction tem-
perature for each reaction bed. The H2 flow was controlled
before it entered the first bed and then passed through the
second bed and the third bed, consecutively. As such, the
reduction effluent from the previous bed passed through the
following beds sequentially. The reduction temperature was
ramped from room temperature to 270�C (the first FTS bed),
400�C (the second oligomerization bed), and 400�C (the
third hydrocracking/isomerization bed) at a rate of 5�C/min,
respectively. The bed temperature was held at the desired
temperature value for 10 h. After the reduction, all the cata-
lyst beds were cooled to room temperature. Hydrogen flow
was then switched to helium flow at a rate of 100 SCCM in
order to build up the system pressure by adjusting the BPR.
After the system pressure was achieved at the set point, the
syngas flow was introduced into the system at a controlled
flow rate of 50 SCCM (H2:CO ratio of 1.7:1, vol.) at the
inlet for each of the experiment. The reaction temperature
for each bed was: FTS at 240�C, oligomerization at 200�C
and hydrocracking/isomerization at 330�C. Since the temper-
ature is maintained at a different value in each reactor bed,
it is noted that the corresponding flow rate would change in
each bed accordingly. The system pressure was uniform for
all three reaction beds during each operation. The system
pressure for GP-FT was 17.2 bar, for GP-FTOC was 35 bar
(the pressure is preferred by the upgrading reactions and the
syngas pressure is 35 bar in this case) and 76 bar for all
supercritical phase operations (with a hexanes flow rate of 1
mL/min while maintaining the partial pressure of syngas at
17.2 bar by ensuring a constant flow rate of syngas). Table 1
shows the catalyst loading and reaction conditions for each
operation. The carbon chain propagation probability (a) of
the products was determined from an ASF plot. Based on a
stepwise carbon chain growth assumption, a is independent
of the carbon chain length, and the equation is

log Wi=ið Þ5ilog a1log ðð12aÞ=aÞ

where the mass fraction of a chain of length i, Wi, can be
measured from GC analysis. The value of a can be deter-
mined from the slope of the plot of log (Wi/i) against i.23 In
this study, the determination of the value of a was performed
using liquid products with carbon numbers between C5 and
C32.

Results and Discussion

As shown in Figure 3, under supercritical phase condi-
tions, the carbon monoxide (CO) conversion dropped slowly

Figure 2. Catalyst loading configurations and reactant/
solvent feed schemes for gas phase and
supercritical phase FTS with and without
subsequent oligomerization and hydrocrack-
ing/isomerization stages.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Table 1. Reaction Conditions and Catalysts Used in the Fischer–Tropsch Synthesis With and Without Subsequent Oligomeri-

zation and Hydrocracking/Isomerization Stages Under Gas Phase and Supercritical Phase Conditions

Reaction Conditions

T (�C) (FT/O/C) P (Bar)
Synthesis Gas

Flow Rate (SCCM)a Catalysts Loading (FT/O/C)Operation Phase Reaction Stages

Gas Phase FTb 240/240/240 17.2 50 1g Fed / - / -
Gas Phase FTOCc 240/200/330 35.0 50 1g Fed/1g ASA/1g Pd-ASA
Supercritical Phasee FTb 240/240/240 76 50 1g Fed / - / -
Supercritical Phasee FTOCc 240/200/330 76 50 1g Fed/1g ASA/1g Pd-ASA

aSyngas H2:CO:N2 ratio 5 62.0:36.5:1.5, SCCM: standard cubic centimeter per minute, GHSV:84.04 h21.
bFT stands for Fischer–Tropsch synthesis.
cFTOC stands for Fischer–Tropsch synthesis with subsequent oligomerization and hydrocracking/isomerisation.
dFe-based FT catalyst, with a molar ratio of Fe:Zn:K:Cu 5 1:0.1:0.02:0.01.
eSupercritical media is hexanes with a media to syngas ratio of 3.5:1, supercritical media flow rate is 1 mL/min.
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as a function of time on stream (over a 1001 hours period).
The CO conversion under these SC conditions was distin-
guishably higher (ca. 75%) than that obtained in the gas
phase studies (ca. 35%) while the syngas flow rate (50
SCCM) and the syngas composition (H2:CO 5 1.7:1) were
held constant in each of the GP-FT, SC-FT, GP-FTOC, and
SC-FTOC cases.

The syngas partial pressure in the GP-FT, SC-FT, and the
SC-FTOC experiments were held constant at 17.2 bar, while
the syngas partial pressure in the GP-FTOC was maintained
at 35 bar.

The partial pressure in this study was calculated based on
the mathematical definition of partial pressure, Pi 5 yi * P,
in which yi is the mole fraction of the i species and P is the
total pressure. The mole fraction was calculated from the
molar flow rates of syngas and hexanes, which was deter-
mined separately from the volumetric flow rate measured
during a blank test when all the settings and reaction condi-
tions were kept the same.

The contribution from the effect of pressure on the CO
conversion in FT reactions is considered negligible. First,
under the gas phase conditions, Sasol has reported that at a
constant gas velocity the conversion are independent of pres-
sure in their fixed-bed reactors, so they operate the reactors
at a high pressure (27–45 bar).2,23 Therefore, the increase in
the pressure from 17.2 bar in GP-FT to 35 bar in GP-FTOC
should have insignificant effect over the CO conversion in
FT reactions. Second, by maintaining the syngas partial pres-
sure at a consistent value, the CO conversion in FT was pro-
ven to be independent of the system total pressure. Lang
et al. reported that by introducing N2 as a balance gas to
increase the system total pressure to SC-FT level while
maintaining the syngas space velocity the same as in GP-FT,
the syngas conversion was the same and the CO conversion
was similar.69 As a result, the effect of the total pressure on
CO conversion is not a contributing factor toward the differ-

ence in the observed CO conversion between SC-FT and
GP-FT, while maintaining the syngas partial pressure con-
stant at 17.2 bar.

There are several possible reasons for the high CO conver-
sion during the supercritical phase experiments compared to
the gas phase experiments. One potential reason is that the
supercritical phase affords the ability to perform in situ prod-
uct extraction from the FT catalyst’s surface, thereby
improving the availability of catalytic active sites thus
enhancing the reaction rate (which is proportional to the
availability of catalytic active sites).9,71,72 As such, more CO
(as well as H2) would react on the catalyst’s surface, thereby
enhancing the CO conversion with all other conditions being
held constant. Another possibility is that during the startup
period of the FTS reaction, a tremendous amount of reaction
heat is released once the FTS reaction conditions (tempera-
ture and pressure) are achieved since the FTS reactions are
so highly exothermic. In gas phase operation, the local heat
removal rate may not be sufficient such that catalytic hot
spots can be generated which would inherently lead to cata-
lyst sintering73–75 and fouling (deposition of inactive carbo-
naceous compounds such as amorphous carbon, graphitic
carbon, coke)76–80 and thus loss of surface area and active
catalyst sites.7,81 As a result, catalyst deactivation may have
occurred due to a loss of catalyst active sites before steady-
state operation was achieved in GP-FT and GP-FTOC. How-
ever, in the supercritical phase operation, a considerable
amount of reaction heat can be efficiently transferred due to
the presence of the bulk supercritical reaction media which
basically serves as a thermal sink.68 As a result, the catalyst
would not deactivate in the very initial period of the reaction
as drastically under SC-FT conditions and SC-FTOC
conditions.

The CO2 selectivity obtained during SC-FT (ca. 17%) and
SC-FTOC (ca. 13%) operation was lower than in the GP-FT
(ca. 23%) and GP-FTOC (ca. 32%) operation (note that the
CO conversion was also different), as shown in Figure 4.
This result is consistent with our group’s previous investiga-
tions of SC-FT in that the CO2 selectivity is decreased

Figure 3. CO conversion as a function of time on
stream for gas phase FTS (GP-FT), gas
phase FTS with oligomerization and hydro-
cracking/isomerization (GP-FTOC), supercrit-
ical phase FTS (SC-FT), and supercritical
phase FTS with oligomerization and hydro-
cracking/isomerization (SC-FTOC).

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Figure 4. CO2 selectivity as a function of time on
stream for gas phase FTS (GP-FT), gas
phase FTS with oligomerization and hydro-
cracking/isomerization (GP-FTOC), supercrit-
ical phase FTS (SC-FT), and supercritical
phase FTS with oligomerization and hydro-
cracking/isomerization (SC-FTOC).

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]
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relative to GP-FT.14 Again, this can be attributed to the bet-
ter heat management (so as to prevent the formation of the
hot spots) in the supercritical phase operation thereby sup-
pressing side reactions that affect CO2 generation.15,58,68 In
addition, the CO2 selectivity did not show an increasing
trend as a function of time on stream (over a 1001 hour
period) in the SC-FT and SC-FTOC operations, which is dif-
ferent than that observed in the GP-FT and GP-FTOC opera-
tions where there is a modest increase in CO2 selectivity
with time on stream. This observation also suggests that the
side reactions were suppressed in the supercritical phase
operations compared to the gas phase operations.

The partial pressure of water has a significant inhibiting
function over iron-based FT reactions.23 Fujimoto and
coworkers70 found that the water extraction property by
supercritical hexane is proportional to the hexane partial

pressure. Under supercritical phase conditions, the water sol-
ubility in the supercritical solvent has been greatly enhanced,
which leads to higher water extraction and alleviated resi-
dence time of water on active sites. As such, the inhibition
by water over FT reaction rate by occupancy of active sites
is undermined, resulting in an enhanced FT activity. The
enhanced water removal from iron active sites at the pres-
ence of supercritical hexanes can be another contributor to
the higher CO conversion in SC-FT. Meanwhile, the water–
gas shift reaction was suppressed due to the decreased water
availability on surface iron sites, thus a decreased CO2 selec-
tivity under supercritical phase conditions.

The methane selectivity was low in both of the supercriti-
cal phase operations, below 4%, as shown in Figure 5.
Methanation and cracking reactions are promoted by high-
temperature operation, and as such, temperature uniformity
within the catalytic reaction beds is important in suppressing
methane formation.15,55,58,65,66 The results in Figure 5 indi-
cate that better heat management is obtained in supercritical
phase operations as a result of the integration of the super-
critical solvent into the FTS and FTOC processes.

In both of the supercritical phase operations, CH4 and
CO2 selectivity were reduced compared to GP-FT and GP-
FTOC indicating that more carbon from CO was converted
into heavier hydrocarbons, particularly in light of the higher
CO conversion. Table 2 provides a summary of the experi-
mental results of the GP-FT, GP-FTOC, SC-FT, and SC-
FTOC studies. It is noted that the CO conversion, CH4 and
CO2 selectivity listed in Table 2 are average values over the
whole operation period. In addition, in the case of GP-
FTOC, SC-FT, and SC-FTOC, alcohol selectivity was deter-
mined to be negligible (compared to the other types of prod-
ucts obtained under the same reaction conditions) based on
the very small GC peak areas obtained. As such, the alcohol
selectivity was not included in the table. The SC-FT
branched paraffin selectivity was not included for the same
reason. The collection of aldehydes, aromatics, and cyclo-
paraffins were uniquely observed in SC-FT, GP-FTOC, and
SC-FTOC, respectively. The selectivities of each of these
products are shown in Table 2 according to the operating
conditions under which they were observed.

Figure 5. CH4 selectivity as a function of time on
stream for gas phase FTS (GP-FT), gas
phase FTS with oligomerization and hydro-
cracking/isomerization (GP-FTOC), super-
critical phase FTS (SC-FT), and supercritical
phase FTS with oligomerization and hydro-
cracking/isomerization (SC-FTOC).

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Table 2. CO Conversion and Product Selectivities from Fischer–Tropsch Synthesis With and Without Subsequent Oligomeri-

zation and Hydrocracking/Isomerization Stages Under Gas Phase and Supercritical Phase Conditions

Operation Phase Gas Phase Gas Phase Supercritical Phase Supercritical Phase

Reaction Stages FTc FTOCd FTc FTOCd

X CO (%)a 31.5 33 75 84
S CO2 (%)b 23 32 17 13
S CH4 (%) 14 17 3 3
S C2AC4 (%) 13.5 9.5 2.1 3.7
S C5AC11 (%) 27.5 12.2 23.8 27.5
S C12AC22 (%) 21.3 26.8 40.5 42.7
S C221 (%) 0.6 2.3 13.6 10.1
S Normal Paraffin (% of C51 products) 24.0 47.9 57.6 53.8
S Olefin (% of C51 products) 45.6 10.5 18.6 30.5
S Branched Paraffin (% of C51 products) 16.3 31.2 NA 5.3
S Alcohol (% of C51 products) 14.8 NA NA NA
S Aldehyde (% of C51 products) NA NA 23.6 NA
S Aromatics (% of C51 products) NA 10.4 NA NA
S cyclo-Paraffin (% of C51 products) NA NA NA 10.3

aX stands for conversion.
bS stands for selectivity.
cFT stands for Fischer–Tropsch synthesis.
dFTOC stands for Fischer–Tropsch synthesis with subsequent oligomerization and hydrocracking/isomerisation.
NA: signal not sufficient for GC quantification.
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A high-propagation probability (a value of 0.94) was
observed in SC-FT, as determined by the analysis of the liq-
uid products using GC-FID and GC-MS. This a value is
higher than that obtained in the GP-FT (a value of 0.78).
This result is in keeping with literature that indicates that the
liquid products shift toward the heavy hydrocarbon range
under supercritical phase conditions.15,55,64 Figures 6 and 7
present product selectivities as a function of carbon number
for GP-FT and SC-FT, respectively. These results indicate
that using the SCF as the reaction medium can promote the
carbon chain growth during the FT synthesis.

Consistent with our previous experience in operating SC-
FT using an iron-based catalyst, a significant concentration
of aldehyde (23.6%) was detected in the liquid products
(rather than other oxygenates typically obtained from GP-FT
such as alcohols).14 Our previous results show that these
aldehydes are actually intermediates that are generated in
the FTS reactions, which can be further converted to other
oxygenates or olefins depending on various factors including
residence time, catalyst acidity, and operating conditions
(Durham et al. submitted).14 We have found that the
enhanced solubility afforded by the use of the SCF as the
reaction medium allows these aldehyde intermediates to be
efficiently solvated by the supercritical hexanes and
extracted from the catalyst as one of the reaction products.
Durham et al. illustrated that aldehydes are primary products
on an Fe-based catalyst under these SC-FT conditions. They
can then be further converted to other oxygenates and ole-
fins (where the olefins can remain as olefins or can be sub-
sequently transformed into paraffins through secondary
reactions).14 A detailed description of the aldehyde incorpo-
ration mechanism as a primary FT product in SC-FT is pro-
vided elsewhere.14 The mechanisms that underpin this
aldehyde formation are a continuing focus of investigation
in our lab.

Hydrocarbon product selectivity (expressed as mole per-
centage of a given compound or a group of compounds), and
CO conversion obtained in these four experiments are shown
in Table 2. The syngas flow rate for each of these four
experiments was kept constant at the reactor inlet at 50
SCCM in order to maintain the same apparent residence
time in the first bed.

After introducing the catalytic oligomerization and hydro-
genation reaction beds, the olefin selectivity was greatly
reduced in GP-FTOC (Figure 8) compared to GP-FT (Figure
6). As shown in Table 2, the olefin selectivity for the C51

liquid products decreased from 45.6% in GP-FT to 10.5% in
GP-FTOC. In GP-FT, terminal olefins are predominant,
while in GP-FTOC, internal olefins (middle olefin, etc) are
also observed. The introduction of the oligomerization bed
and the hydrocracking bed effectively modified the total ole-
fin yield, thus, the olefin concentration is greatly reduced in
the GP-FTOC products in which case the olefin concentra-
tion can better meet the olefin content necessary in certain
fuel regulations.82,83

Figure 7 shows the liquid product distribution of SC-FT.
As shown in Table 2, the olefin selectivity in SC-FT was
around 18.6%, which was significantly less than that in GP-
FT (45.6%). However, recall that the aldehyde selectivity
was 23.6% under these conditions, and, in light of the work
of Durham et al.,14 there appear to be aldehydes (which are

Figure 6. Liquid products selectivities from gas phase
FTS (GP-FT).

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Figure 7. Liquid products selectivities from supercriti-
cal phase FTS (SC-FT).

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Figure 8. Liquid products selectivities from gas phase FTS
with subsequent oligomerization and hydro-
cracking/isomerization stages (GP-FTOC).

[Color figure can be viewed in the online issue, which is avail-

able at wileyonlinelibrary.com.]
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produced as the primary product) that have not been con-
verted to olefins under these SC-FT conditions. We note that
the sum of the olefin selectivity and the oxygenate selectivity
in this SC-FT experiment (Solefin 1 Saldehyde 5 42.2%, not
shown in Table 2) was about 18% less than the value from the
GP-FT experiment (Solefin 1 Salcohol 5 60.4%, not shown in
Table 2). In addition, the paraffin selectivity (either normal
paraffin or the sum of the normal paraffin and the branched
paraffin) in the SC-FT experiment is higher than that in the
GP-FT experiment, as shown in Table 2. All together, the data
show that hydrogenation is enhanced under these SC-FT con-
ditions when compared to GP-FT. This observation is consist-
ent with the fact that supercritical reaction solvents have been
exploited for elimination interphase gas–liquid mass transport
resistances so that it is possible to perform solid-catalyzed
hydrogenation with enhanced productivity.13

Moreover, due to the enhanced solubility and mass transport
that can occur under supercritical phase conditions (compared
to gas phase operation), the reaction intermediates can more
readily readsorb on catalytic active sites therefore bringing
about further carbon chain growth, and thus higher a value in
SC-FT compared to GP-FT.66 The bigger the carbon number
of the reaction intermediates, the longer residence time (as a
result of slower diffusion rate) they will have within the cata-
lysts thereby resulting in a higher probability of being hydro-
genated.68 Overall, the product distribution shifts to longer
chain hydrocarbons in SC-FT compared to that in GP-FT,
which is consistent with general observations that have been
made in supercritical phase FTS by several research
groups.2,55,63 It is worth noting that both enhanced products
extractability (desorption) and products readsorption can result
from utilization of SCF solvents, although there should be a
balance which is dependent on the reaction conditions.

Figures 8 and 9 exhibit the liquid product distribution of
GP-FTOC and SC-FTOC, respectively. De Klerk reported
that at 60 bar the oligomerization reaction using an ASA cat-
alyst showed higher activity and better activity maintenance
than that at 40 bar.40 If only based on De Klerk’s observa-
tion (in a gas phase fluidized bed), the ASA-catalyzed oligo-
merization conversion would be expected to be higher in
supercritical phase operation than that in gas phase since the
system total pressure is higher. However, the results from
SC-FTOC in Figure 9 show that the use of the supercritical
phase reaction media resulted in a higher selectivity toward
C51 olefins (30.5%) compared to GP-FTOC conditions
(10.5%), noting that the CO conversions were different with
values of 75% and 31.5%, respectively. In addition, the ole-
fin selectivity for the C51 liquid products decreased from
45.6% in GP-FT to 10.5% in GP-FTOC while it increased
from 18.6% in SC-FT to 30.5% in SC-FTOC.

This higher olefin selectivity in SC-FTOC can result from
olefinic products being generated from the cracking/isomeri-
zation reactions (as reaction intermediates as discussed
below). This result suggests that the positive effect of pres-
sure on ASA catalyzed oligomerization, if any, is compen-
sated for by the enhancement in cracking/isomerization and
the elevated extraction of reaction intermediates under super-
critical conditions (these intermediates are olefins in the case
of hydrocracking/isomerization). Thus, the results from SC-
FTOC exhibit enriched olefin content in the liquid products.

Another explanation for the higher olefin selectivity in SC-
FTOC could involve a suppression of oligomerization in the
presence of the supercritical medium. However, this is not con-
sistent with the positive effect of pressure on ASA-catalyzed

oligomerization as observed by de Klerk.40 But, it should be
noted that the tests done by de Klerk were performed using a
fluidized bed reactor under gas phase feed conditions.

The normal paraffin selectivity was increased from 24.0%
in GP-FT to 47.9% in GP-FTOC due to the introduction of
the hydrocracking reaction bed (on the 1 wt % Pd/ASA cata-
lyst) which brings about hydrogenation of olefinic products
and other unsaturated hydrocarbons. The noble metal, in this
case palladium, mainly contributes to hydrogenation as it is
active toward electron transfer.39 The difference in the nor-
mal paraffin selectivities between the SC-FT (57.6%) and
the GP-FT (24.0%), and between the SC-FTOC (53.8%) and
the GP-FTOC (47.9%) indicate that the supercritical phase
operations exhibit higher hydrogenation activity. As widely
discussed in other supercritical phase FTS literature, contrib-
uting factors can include reduced interphase gas–liquid mass
transport resistance and enhanced hydrogen diffusivity.13,63

Due to the polymerization nature of FT synthesis, it is not
particularly selective toward fuel range hydrocarbons. Addi-
tionally, the FT fuel that is produced possesses certain qual-
ity issues for use as both gasoline and diesel fuel, including
poor cold-flow properties (cloud point, pour point, cold filter
plugging point, etc.), low lubricity and low density, and so
forth.3,23,63 Increasing the content of branched hydrocarbons
in FT fuels can improve these cold-flow properties. Branched
hydrocarbons, especially asymmetrical isomers, are more dif-
ficult to crystallize than linear paraffins of the same molecu-
lar weight, and therefore possess a lower melting point and
congealing point than linear paraffins. In addition, asymmet-
ric branched hydrocarbons and most substituted cyclic
hydrocarbons contribute to the lubricating capacity of
fuels.84 Yet, the paraffinic hydrocarbons generated from FT
synthesis are highly linear. As a result, typically derived FT
hydrocarbon fuels that contain low content of branched
compounds offer poor cold-flow properties and low lubric-
ity.21–23 Various fuel additives can be added into the FT fuel
blends to improve the cold-flow properties and lubricity,
such as methyl ester.15,85 Aromatics can be used to increase
the fuel density and octane number along with the other fuel
additives.86

Figure 9. Liquid products selectivities from supercriti-
cal phase FTS with subsequent oligomeriza-
tion and hydrocracking/isomerization stages
(SC-FTOC).

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]
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In GP-FTOC, a significant amount of branched paraffin
was generated. The branched paraffin selectivity in the GP-
FTOC experiment increased from 16.3% in GP-FT up to
31.2% by adding the hydrocracking/isomerization stage. The
branched paraffin types that were collected in GP-FTOC
include 2-methyl-, 3-methyl-, 4-methyl-, 2-dimethyl-, 2,3-
dimethyl, 4-ethyl-, and so forth. For the fuel range
(C5AC22), the branched paraffin selectivity was significantly
promoted. In SC-FTOC, the presence of the supercritical sol-
vent allows for efficient extraction of reaction intermediates
and products (as was also the case in SC-FT),68 such that
cyclo-paraffins (1-R, 2-R, cyclo-propanes) and more olefins
were collected as reaction intermediates from the cracking/
isomerization reactor bed. This observation is consistent with
the mechanisms described by Park and Ihm.87 It is well rec-
ognized that isomerization of n-paraffins is the first reaction
step in this process while cracking is a subsequent reaction.
Monobranched paraffins show a lower tendency toward
cracking than multibranched paraffins.22 The bifunctional
catalysts commonly used for hydrocracking/isomerization
often contain metallic sites (for hydrogenation/dehydrogena-
tion) and acid sites (for skeletal isomerization via carbenium
ions),22,33,39 in this case, Pd and ASA, respectively. In this
study, the SC-FTOC results are consistent with the Park and
Ihm mechanism87 by having exhibited the presence of cyclo-
paraffins (1-R, 2-R, cyclo-propanes) and the enhanced olefin
selectivity. Note that there were negligible amounts of these
cyclo-paraffins observed in GP-FT and GP-FTOC and the
amounts were not significant for effective quantification.

Although the isomer selectivity (isomerization activity)
was substantial, the cracking of long chain hydrocarbons
(C221) was insignificant when comparing GP-FTOC with
GP-FT. Yet, the C221 product selectivity was higher in GP-
FTOC than that in GP-FT, which suggests that the oligome-
rization activity was high for middle range compounds that
were converted into C221 products to an extent greater than
the cracking of the C221 compounds. However, the GP-
FTOC C261 product selectivity (0.1%, not listed in Table 2)
was lower than that in GP-FT (0.3%, not listed in Table 2),
which means that hydrocracking using this Pd/ASA catalyst
under these gas phase conditions favors the cracking of the
heavier hydrocarbons (C261). This result is consistent with
the observation that the heavier hydrocarbons are more likely
to be involved in cracking.22 Under supercritical phase con-
ditions, the selectivity of C221 compounds in SC-FTOC was
10.1% compared to 13.6% in SC-FT, thereby illustrating the
impact of having introduced the hydrocracking stage. It is
important to note that the production of C221 hydrocarbons
was greater in SC-FT than in GP-FT, as described above, yet
the activity of the hydrocracking stage under supercritical
conditions was sufficient to lower the overall C221 hydrocar-
bon selectivity. The balance between cracking and isomeri-
zation can be modified to further affect the product
distribution by adjusting the catalyst for hydrogenation/dehy-
drogenation activity (noble metal) vs. the isomerization
activity (acid sites).39,43

There were some aromatics produced in the gasoline and
jet fuel range in the GP-FTOC experiment, which can
enhance the density of the derived FT fuels. Identified aro-
matics ranged from C7AC12, including toluene, ethyl-
benzene, p-xylene, o-xylene, 1-ethyl, 3-methyl-benzene,
1,3,5-trimethyl-benzene, 1,3-diethyl-benzene, 1-methyl,4-
propyl-benzene, 1-methyl, 4-(1-methylethyl)-benzene,
pentamethyl-benzene, and so forth. Quantitatively, the aro-

matics concentration (as identified by GC-MS) was approxi-
mately 35% of the C7AC12 hydrocarbons (not shown in
Table 2). However, the generation of aromatics was only
observed in the GP-FTOC operation. Potential contributing
factors are that the aromatization process was suppressed
thermodynamically or that the concentrations of reactants for
aromatization were too low such that there were no distin-
guishable aromatics generated under supercritical phase
conditions.

In examining the liquid products as a function of carbon
number, it can be validated that gasoline range (C5AC11)
products was dominate in GP-FT while diesel range
(C12AC22) was more prominent in GP-FTOC. In both SC-FT
and SC-FTOC, the selectivity toward liquid products was
greatly enhanced due to lower production of gas phase prod-
ucts. This is especially true for SC-FTOC where the fuel
range products were further intensified through higher selec-
tivity toward gasoline range and diesel range products and
less heavy hydrocarbon (C221) production compared to SC-
FT.

Conclusions

This study demonstrates that FTS with subsequent oligo-
merization and hydrocracking/isomerization stages (FTOC)
can be effectively performed using a newly designed three-
bed catalytic reactor system. This integrated FTOC process
provides opportunities to effectively modify the FTS product.
The selectivity toward long chain hydrocarbons (C261) was
diminished due to the introduction of the hydrocracking
stage. The liquid product C51 olefin selectivity was observed
to be greatly reduced in GP-FTOC compared to GP-FT. The
selectivity toward branched paraffins was significantly pro-
moted through the implementation of the hydrocracking and
isomerization stages in the GP-FTOC. In addition, appreci-
able amounts of aromatics were produced in the gasoline
and jet fuel range (C5AC15) in the GP-FTOC. Overall, this
work demonstrates that the resulting product distribution can
be distinguishably modified toward fuel range products
(C5AC22) in GP-FTOC through the integration of the oligo-
merization and hydrocracking/isomerization stages immedi-
ately subsequent to FTS.

The utilization of SCF media (in this case supercritical
hexanes) in FTS was shown to reduce the selectivity toward
CH4 and CO2 compared to GP-FT. Moreover, SC-FT
resulted in a shift in the product distribution toward longer
chain hydrocarbons along with an enhanced normal paraffin
selectivity compared to GP-FT. Additionally, a significant
concentration of aldehyde was detected in the SC-FT liquid
products. In the case of SC-FTOC, higher concentrations of
cyclo-paraffins (1-R, 2-R, cyclo-propane) and olefins were
observed in the liquid effluent. The selectivity toward C221

hydrocarbons was distinguishably less under SC-FTOC con-
ditions compared to SC-FT. Overall, this work illustrates
that the selectivity toward transportation fuel range hydrocar-
bons can be enhanced in SC-FTOC while simultaneously
reducing the selectivity toward the undesired products of
CH4 and CO2.
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